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Solvent Effect in Liquid-Phase Hydrogenation of Toluene
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Liquid-phase hydrogenation of toluene in isooctane, n-heptane, and cyclohexane was studied
on a commercial Ni/Al,O3 catalyst at 100—200 °C and 20—40 bar. None of the solvents was
adsorbed on the catalyst. The variation in the hydrogenation rates is explained by the variation
in the hydrogen solubility: the reaction rates in isooctane and n-heptane were similar, whereas
the reaction rate in cyclohexane was lower, especially at higher temperatures. The reaction order
for toluene was close to 0, while the reaction order with respect to hydrogen increased from
near O to 1 with increasing temperature. A kinetic model based on the multiplet theory describes
well the reaction orders and gives a good fit with physically reasonable parameters.

1. Introduction

Tightening legislation in regards to vehicle exhaust
emissions has forced the industry to improve motors and
catalytic converters and also the quality of fuels. Lead-
free and low-sulfur fuels have been introduced and CO,
SOy, and NOy emissions have been significantly reduced.
The major concern remaining is particle emissions.!
Particles are reported? to correspond to aromatic com-
pounds, and the reduction of these is the next target.
The faster growth in the demand for diesel fuel relative
to gasoline, together with today’s higher quality re-
quirements and lower grade raw materials, creates a
need for improved dearomatization processes.® Better
knowledge of reactions and rigorous reactor and kinetic
models is essential to new process development and
optimization.

Gas-phase dearomatization has been widely studied,
both on metal sulfides (Co/Ni and Mo/W) and on group
V111 metals (Pt, Pd, Ni, and Ru).* Publications on liquid-
phase reaction kinetics, in turn, are few,3° even though
industrial dearomatization takes place in the liquid
phase in three-phase reactors. Another problem is that
modeling studies are usually performed with pure
aromatic compounds, in the absence of solvent, whereas
industrial units treat aromatic feeds in hydrocarbon
mixtures.

Despite the vast amount of research, no consensus
exists about the hydrogenation mechanism of the aro-
matic ring. Zero-order reaction of aromatics and close
to first-order reaction of hydrogen are frequently re-
ported.® A maximum in the reaction rate as a function
of temperature is also often obtained in dearomatiza-
tion.”~1! Hydrogenation products typically contain cy-
clohexane, seldom cyclohexene, and there is no report
of cyclohexadiene. Cyclohexadiene has nevertheless
been postulated to be a reaction intermediate,36-10.12
though it is thermodynamically unfavorable.’314 This
reaction step is explained in terms of kinetic coupling;*®
i.e., the next steps are so fast that they pump down the
cyclohexadiene content. The theory of kinetic coupling
has also been criticized'* and an alternative mechanism
is suggested, where intermediates retain their aromatic
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nature according to the multiplet theory.111314 An
adsorbed aromatic compound is explained to form a
complex with the catalyst surface atoms and hydrogen.
This complex is isomerized to cyclohexene and, thus, the
formation of thermodynamically unfeasible cyclohexa-
diene is not included in the reaction mechanism.*

Hydrocarbon feed to a dearomatization unit typically
contains 10—40% of aromatic compounds, while the rest
consists mainly of alkanes, cycloalkanes, and alkenes.
In this work, in which a more realistic model of
hydrogenation was sought, toluene was used as the
model aromatic compound and the hydrogenation rate
was evaluated in three solvents selected to represent
nonaromatic components. These were straight chain
alkanes (n-heptane), branched alkanes (isooctane), and
cycloalkanes (cyclohexane).

2. Experimental Section

2.1. Catalyst and Materials. A commercial Ni/Al,O3
catalyst (Ni, 16.6 wt %; specific surface area, 108 m2/g;
mean pore volume, 0.37 cm?/g; bulk density, 0.86 g/cm?)
was crushed to 0.5—0.6 mm size. Before the hydrogena-
tion it was pretreated by drying at 110 °C in nitrogen
flow and then reduced in situ in hydrogen at 325 °C with
vigorous stirring for 2 h. The reduction was performed
with a pure hydrogen flow of 200 cm3yrp/min at atmo-
spheric pressure. A fresh catalyst was used in each
experiment, and the pretreatment procedure was au-
tomated in order to ensure a reproducible activation.

Isooctane (>99.5%), n-heptane (>99%), cyclohexane
(>99.5%), and toluene (>99.7%) obtained from
Riedel—de Haén and hydrogen (>99.999%) and nitrogen
(>99.9999%) obtained from AGA were used as received.

2.2. Hydrogenation. Hydrogenation of toluene was
performed in a Robinson—Mahoney-type, fixed catalyst
basket reactor working isothermally in the CSTR mode.
The reactor volume was 50 cm?, and the liquid volume
was defined by the step response method. The reactor
was equipped with a magnetic stirrer, and the agitation
speed was controlled with a frequency transformer. The
reactor temperature was regulated (+0.5 °C) with a
programmable temperature controller. The gas outlet
flow was controlled in order to keep the desired pressure
level (+£0.1 bar) in the reactor. Liquid and gas feed flow
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rates were controlled by mass flowmeters. Liquid and
gas products were withdrawn and separated in a flash
unit. The liquid level in the flash unit was regulated
with an ultrasonic level controller. Liquid products were
analyzed with a gas chromatograph (GC), fused silica
capillary column, and flame ionization (FI) detector. The
GC was equipped with an online liquid sampling valve.
The GC signal was monitored and processed by a
computer.

Several start-up procedures were tested without
significant differences in reaction rates. The tempera-
ture and pressure were increased under a nitrogen
atmosphere during the start-up. The temperature was
varied from 100 to 200 °C, and the pressure was
increased at higher temperatures to avoid evaporation.
The toluene concentration was varied from 15 to 35 mol
%. Mass-transfer experiments were performed at fixed
temperature (100 °C) and pressure (20 bar) and a
toluene concentration of 25 mol %. The liquid flow rate
was 50 g/h (LHSV of about 3.8 h™1) and the hydrogen
flow 258 cm3yrp/min, which corresponds to the initial
hydrogen to toluene molar ratio of 6:1 (toluene concen-
tration, 25 mol %). The conversion of toluene was always
kept far below the thermodynamic equilibrium conver-
sion, which was close to 100% under the studied
conditions.

3. Results and Discussion

3.1. Mass Transfer. The mass transfer of the spar-
ingly soluble hydrogen is frequently the rate-determin-
ing step in liquid-phase hydrogenation. Hydrogen is first
dissolved through the gas—liquid (GL) interface and
then transferred through the liquid bulk to the liquid—
solid (LS) interface. Thereafter, it is transferred through
the LS interface and the catalyst pores and adsorbed
on active sites on the catalyst, where the reaction finally
takes place. Proper determination of the catalyst activity
and kinetics requires that these mass-transfer resist-
ances are taken into consideration in the determination
of the kinetic parameters.

The mass transfer at the GL interface occurs in both
directions: from gas to liquid and vice versa. However,
thermodynamic vapor—liquid equilibrium (VLE) calcu-
lations [Soave—Redlich—Kwong (SRK) equation of state]
showed that the major liquid compounds (toluene,
solvents, and reaction products) were virtually nonvola-
tile because of the high pressure. Therefore, the mass-
transfer resistance existed only at the liquid film, and
only the hydrogen mass transfer could limit the reaction
rate (pure hydrogen was used) at the GL interface.
Molar fluxes at the liquid film were related to the
diffusion fluxes, Ji.

Nori = JoLi T NeoeXi 1)
JoLi = kL,iCtot(X:_,i - XE,i) 2

The volumetric liquid-side mass-transfer coefficients,
k_i, were obtained with the correlation of Miller'® and
the molar flux of hydrogen, Ngi n, With the observed
reaction rate (Ng_i = O for other components). The
calculated difference in hydrogen concentration over the
liquid-side film, (x_ , — X{ . )/(x{ ), was about 2%,
indicating that the hydrogen mass-transfer resistance
was negligible.
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Figure 1. Effect of agitation on the reaction rate (toluene 25 mol
%, 100 °C, 20 bar).
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Figure 2. Effect of catalyst loading on the reaction rate (toluene
25 mol %, 100 °C, 20 bar).
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Figure 3. Reaction rate as a function of catalyst particle size
(toluene 25 mol %, 100 °C, 20 bar).

The GL and LS mass-transfer resistances were also
determined experimentally by varying the agitation and
the catalyst loading. The hydrogenation rate as a
function of stirring speed, w, is illustrated in Figure 1.
The rate increased with w and reached a plateau when
w = 2000 rpm. This indicates that, at low agitation, the
reaction rate was limited by external mass transfer (GL
and LS), but with increased agitation, the mass-transfer
resistance vanished. The absence of bulk diffusion
limitations is also seen as a linear dependence of the
reciprocal of the hydrogenation rate versus the recipro-
cal of the catalyst loading (see Figure 2).20

Experiments with various particle sizes showed the
difficulty of avoiding intraparticle mass-transfer re-
sistances (Figure 3). In fact, it was not possible to
achieve a situation in which the diffusion did not have
an effect on the hydrogenation rate. A new catalyst
basket was accordingly made with a smaller screen
opening to allow the use of smaller catalyst particles.
A problem of LS mass-transfer resistance arose with the
new screen, and because it proved impossible to remove
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this resistance with the available agitator, the original
catalyst basket and catalyst nominal size of 0.55 mm
were used. This setup ensured the absence of mass-
transfer limitation at least from the liquid to the
catalyst surface. The calculated Weisz—Prater crite-
rion'” based on the rate of hydrogen consumption was
@ = 31, indicating strong diffusion limitation.

The hydrogenation of aromatics is an exothermic
reaction, and because of the intraparticle diffusion, it
was necessary to evaluate the heat-transfer resistance
within the catalyst. Toppinen et al.* have reported very
mild heat-transfer resistance for aromatic liquid-phase
hydrogenation despite the severe mass-transfer resist-
ance in the catalyst. Indeed, the calculated maximum
temperature difference (in the catalyst particle), accord-
ing to Damkoehler’s criterion,'® was only 0.6 °C and,
therefore, heat transfer was assumed to be fast (iso-
thermal) in the reactor model.

The agitation speed (2500 rpm) and the catalyst
loading (<0.1 g) for the kinetic experiments were
selected to avoid mass-transfer resistance at the GL and
LS interfaces. The model of the intraparticle mass
transfer was included in the reactor model, while the
intraparticle heat-transfer resistance was neglected.
These measures ensured a proper determination of the
kinetic parameters independently of the mass-transfer
parameters.

3.2. Reactor Model. The reactor model consisted of
mass balances for the bulk gas and liquid and a balance
for the interior of the catalyst particle. The mole
balances for the gas and liquid phases were

Feio = Fei T VeNgL i@ (3
Frio T VeRNgLiag = F i + Mgyl app (4)

and inside the catalyst particle
Di,eff

2
eRp

a°c; ac.
oo 2—')+ri%=o )

8X2 ; oX

with boundary conditions

b _ p
CLi = CLii

at x = 1 (at the outer surface of the catalyst)

ac

=0 at the center of the catalyst
0X|x=0

The apparent reaction rate (or flux) at the catalyst
surface was then

app — 5 2 gy
Rp Pp oX .

r

(6)

=1

The effective diffusion coefficient was computed from
eq 7. The diffusion coefficients were calculated from

Di it = -D; (7)

Wilke’s equation.!® Average values were used for poros-
ity (0.5) and tortuosity (4.0),2° whereas the catalyst
density was experimentally defined (2300 kg/m?3). The
mass transfer at the GL interface was described in
section 3.1.
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Figure 4. Toluene (25 mol %) hydrogenation rate in isooctane as
a function of time on stream (TOS).
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Figure 5. Toluene (25 mol %) hydrogenation in isooctane,
n-heptane, and cyclohexane at different pressures and tempera-
tures.

Low flow rates (~10~% mol/s) together with large
concentration values (~102—102 mol/m3) caused numer-
ical problems, which were solved by using mole fractions
of bulk phases and total mole flow as variables instead
of mole flows of individual components. Relative com-
ponent concentrations (relative to liquid bulk) inside the
catalyst were also used. Furthermore, a summary
equation for bulk mole fractions (3 x; = 1) was added to
the reactor model.

An ordinary partial differential equation for the mass
balance inside a catalyst particle was discretized by a
five-point central difference formula. Nonlinear alge-
braic balance equations, egs 3, 4, and discretized 5, were
solved with the Newton—Raphson method. The reactor
model was integrated in a FLOWBAT flowsheet simula-
tor,2! which included a databank of thermodynamic
properties as well as VLE calculation procedures and
mathematical solvers.

3.3. Hydrogenation, Qualitative Results. Steady
state of the reactor system, including the reactor, the
GL separator, and the pipe lines, was achieved after 1.5
h, and the average reaction rate was measured during
the next 2 h. Typical runs are presented in Figure 4,
which reveals that no decline in activity occurred during
the experiments. Methylcyclohexane was the only reac-
tion product detected; no traces of methylcyclohexene
or methylcyclohexadiene were found. The hydrogenation
rate increased with temperature and hydrogen pressure
(Figure 5). No maximum in the rate was observed
between 100 and 200 °C, though such maxima are
frequently reported in the gas-phase dearomatization
with group VIII metals.>’11 One explanation of the
maximum in the reaction rate was the variation in the
hydrogen or aromatic adsorption with temperature
(desorption being dominant at higher temperatures).>’
The maximum in the reaction rate is also observed to
shift to higher temperature when the hydrogen pressure



is increased.®!! In the liquid phase, increased hydrogen
solubility at higher temperatures and pressures led to
a higher concentration of hydrogen at the catalyst
surface and to an increased hydrogenation rate. This
compensated the effect of the hydrogen desorption and/
or shifted the reaction rate maximum to a higher
temperature and thus led to a continuously increasing
reaction rate in the temperature range studied, as
illustrated in Figure 5.

The type of solvent did not have a significant effect
on the hydrogenation rate at 20 bar. Only minor
deviations were noticed at 150 °C. At 30 bar the rates
were equal in n-heptane and isooctane but considerably
lower in cyclohexane. At 40 bar the difference was more
pronounced because of the higher temperature. The
differences in the reaction rates in the solvents at higher
temperatures are of the same order of magnitude as the
differences in the calculated (SRK equation of state)
equilibrium solubility of hydrogen in the solvents. The
solubility of hydrogen in cyclohexane is about 40% lower
than the solubility of hydrogen in n-heptane and iso-
octane (Figure 6).

The apparent reaction order of toluene was close to
0, and the reaction order of hydrogen increased from
near O to 1 with increasing temperature. Similar orders
have been reported, and they are often related to the
strong adsorption of the aromatic compound.® Note,
however, that comparison is not straightforward be-
cause, in our work, pressure was not constant through
the entire temperature range.

3.4. Hydrogenation Kinetics. Two mechanisms
based on multiplet theory were applied. It was assumed
that the adsorbed aromatic compound formed an aro-
matic-type complex with hydrogen and two catalyst
atoms. The principle of the complex formation is il-
lustrated in Figure 7. The experimental data were first
modeled with the mechanism described by Smeds et
al.!! (originally derived for the gas-phase hydrogenation
of ethylbenzene). The mechanism included both the
adsorption of hydrogen and toluene and the sequential
addition of hydrogen to toluene in three consecutive
surface reaction steps, where the surface intermediates
conserved their aromatic nature. The model, assuming
the adsorption of toluene and hydrogen on different
sites, involves the following steps:

Hy + % =22 yH,, * (8)
2 VARFTY
K.
T+S=TS 9)
K
TS + yHy,* 5= TH,S + 7 (10)
k.
TH,S + yHy,* T=TH,S + y* (11)
k
TH,S + yHy,* 7= THeS + 7* (12)
THeS =2 TH, + S 13
6 6

Here y = 1 for molecular adsorption of hydrogen and y
= 2 for dissociative adsorption. The same equations can
be used to describe the competitive adsorption of
hydrogen and toluene by setting S = *. The additional
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Figure 6. Hydrogen solubility in isooctane, n-heptane, and
cyclohexane at different pressures and temperatures.
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Figure 7. Principle of formation of intermediates in benzene ring

hydrogenation.

assumption of toluene adsorption on multiple sites was
achieved by setting S = X*. Surface reactions, (10)—
(12), were presumed to be rate-determining steps,
whereas adsorption of both hydrogen and toluene was
rapid. The number of parameters was reduced by
assuming equal and irreversible hydrogenation steps (k;
=k, = k3 = k and k-; = k-, = k3 = 0). The rate
equation for the competitive adsorption of toluene and
hydrogen was then simplified to

r = kK;K,c;¢,,0,™ (14)
Oy[1 + (Kucp)™ + 438K cy) = 1 (15)
and for the noncompetitive adsorption to

- kKK CcChy
[1 + (Kuc) T (1 + 3Kqcy)

(16)

Note that similar rate equations would be achieved even
without assuming the aromatic nature of the intermedi-
ates (by applying the theory of kinetic coupling?®).

Arrhenius’ law was applied to the temperature de-
pendence of the rate constant k

B %(% B T1 )] (A7)

As a first assumption, adsorption coefficients Kt and Ky
were presumed to be temperature independent. At a
later stage, the temperature dependence was modeled
with the van't Hoff equation

k= Kk(Tye) exp

K = gSRg—AHRT (18)

Temkin et al.®® have described an alternative mecha-
nism where the adsorbed aromatic compound forms a
naphthalene-type intermediate with physisorbed hy-
drogen [T(H2)*]. In accordance with the same principle,
the second step gives a phenanthrene-type intermediate
complex, which reacts to cyclohexene and finally to
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cyclohexane. The reaction steps can be described as
follows:

k
T + Hy == T(H,)* (19)
k.
T(Hy)* + Hy = T(H),* (20)
k3
T(Hp),* —TH,*  rds (21)
TH,* + Hy 0% TH,* (22)
K
T+ THg* = T* + TH, (23)

A quasi-steady state was assumed for the surface
components and quasi-equilibrium for the desorption
stage (eq 23). The mechanism was further simplified by
assuming irreversible complex formation (k-; = k—, =
0). To reduce the number of parameters to an acceptable
level, it was necessary to assume as well that the
reaction rate was much greater in one or the other of
the first two reaction steps (i.e., k1 > ks or k; < ky).
The two approximations would simplify the rate equa-
tion to the same mathematical formula, and optimiza-
tion would then yield the same parameter values. The
mechanism behind the approximations differs, however.
With ki > k; and also K, essentially larger than 1,
coverage of the reagent would be high. In turn, k; > k;
would lead to a high coverage of intermediate T(H2)*
and zero-order behavior of toluene. High coverage of
intermediates or hydrogen-deficient species has been
reported elsewhere,1222 and it was assumed here, too,
leading to the simplified expression

K,c+C
r= 2¥TYH (24)
Ecc +ic +c
k3TH K4TH6 T

3.5. Hydrogenation, Parameter Estimation. Ki-
netic parameters were estimated by minimizing the sum
of squares (RSS) of differences between the experimen-
tal and estimated liquid mole fractions. The Mar-
quardt—Levenberg optimization method was used for
the estimation, which was carried out by the in-house
optimization program KINFIT. The correlation between
parameters was reduced by writing egs 14 and 16 in
the form

CEJRAT-1T, CTOHOV

r =K. (25)

y+X
CT,refCH,refGV,ref

r =

Croy[l + (KHCH,ref)lly]y(l + 3K1Cr rer)

Cr refCrirerl 1 + (Kuc) T (1 + 3Kqcy)
(26)

—Ea/R[L/T—1/Tef]
krefe

where reference concentrations and temperature, Cr ref,
Ch.ref, and T e, were defined as average values 1160 and
230 mol/m? and 128.85 °C (400 K), respectively.

A heterogeneous reactor model (egs 3—7) was first
tested with the Smeds model (egs 15 and 25), assuming
dissociative adsorption of hydrogen and that adsorbed
toluene occupies one site. Adsorption coefficients K+ and
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Figure 8. (a) Concentration profiles inside the catalyst particle
in toluene hydrogenation in isooctane at 150 °C, toluene concen-
tration of 25 mol %, and different pressures. (b) Concentration
profiles inside the catalyst particle in the toluene hydrogenation
in isooctane at 30 bar, toluene concentration of 25 mol %, and
different temperatures.

Kn were presumed to be temperature independent.
Relative concentration profiles of hydrogen and meth-
ylcyclohexane within the catalyst particle are illustrated
in Figure 8a,b. As can be seen, pressure did not have
as marked effect on the concentration profiles as tem-
perature. A steep decrease in the hydrogen concentra-
tion suggests a strong intraparticle mass-transfer re-
sistance. However, the nonlinear dependence of the
hydrogen concentration in the formation of methyl-
cyclohexane (see Figure 8a) and the exponential de-
pendence of temperature (see Figure 8b) indicate that
the hydrogenation rate was determined not only by the
mass transfer but also by the chemical kinetics. The
toluene concentration decreased typically by 10—20%,
whereas no significant differences in the solvent con-
centration were observed inside the catalyst.

Adsorption coefficients Kt and Ky were first assumed
to be temperature independent. The large confidence
interval of the hydrogen adsorption coefficient sug-
gested, however, that the assumption of temperature
independence for Ky might not be valid or else that the
mechanism was incorrect. In fact, both adsorption and
desorption of hydrogen and aromatic compounds have
proved to be strongly dependent on temperature.523
Unfortunately, the estimation made with temperature-
dependent adsorption coefficients gave no reasonable
parameters, for either Ky or Ky, and led to a strong
correlation between parameters, indicating that the
temperature dependence of the adsorption coefficients
could not be estimated with the present data. Poor
predictability of the hydrogen adsorption coefficient
encouraged us also to apply the Eley—Rideal-type
mechanism (suggested also elsewhere®24), where hy-
drogen reacts from the gas phase. The rate equation
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Table 1. Kinetic Parameters (95% Confidence Interval) for Toluene Hydrogenation Assuming Dissociative Adsorption of

Hydrogen, the Smeds Model

competitive adsorption®

competitive adsorption®

noncompetitive adsorption

Krer, mol/(kg h) 9.5+ 0.9 x 102

Ea, kJ/mol 48.8 +1.8

Ko, m3/mol 1.1+0.3 x 104
Kn, m3/mol 38.6 £3.5x 1074
X 1.0

RSS 1.41

RRMS 0.062

48.0+ 1.6

8.8+ 0.8 x 1072
50.0+ 1.6

1.1+0.6 x 1073
27.9+ 275 x 1078

9.9+ 0.8 x 1072

53+3.6 x 107
52+10.1 x 10

7.1+£75
1.34 1.23
0.060 0.058

a Fixed X; toluene occupies one active site. ® Adjustable X; toluene occupies X active sites.

Table 2. Kinetic Parameters (95% Confidence Interval) for Toluene Hydrogenation Assuming Molecular Adsorption of

Hydrogen, the Smeds Model

competitive adsorption? competitive adsorption® noncompetitive adsorption Eley—Rideal
Krer, mol/(kg h) 9.7+ 0.9 x 1072 10.3+0.8 x 1072 8.8+ 0.8 x 1072 131+ 0.5 x 1072
Ea, kd/mol 485+ 1.8 475+ 1.6 499 £ 1.7 43.1+£13
Kiot, m3/mol 1.7+0.6 x 107 34+15x%x10* 1.1+06 x 1072 31+12x10*
Kn, mé/mol 38.0+18.4 x 1074 57+37x10* 149 +85x 1073
X 1.0 123+93
RSS 1.44 1.35 1.25 1.64
RRMS 0.062 0.061 0.058 0.66

a Fixed X; toluene occupies one active site. P Adjustable X; toluene occupies X active sites.

with assumptions similar to those for eq 16 led to the
formula

kKCAC
r=—o (27)
1+ 3K,Cp

The estimated adsorption coefficients of the solvents
were 1 order of magnitude lower than the coefficient of
toluene, indicating that solvents did not adsorb on the
catalyst. Because solvents played no role in the mech-
anism, all data sets could be treated together in the
subsequent parameter estimation and the adsorption
of solvent could be from the kinetic model. This kind of
more general model has the advantage of widened
applicability. The results showed that the proper ap-
proach with appropriate simplifications had been ap-
plied and, thus, intrinsic kinetics was obtained. It was
concluded that the difference in the hydrogenation rates
in the three solvents was primarily due to the different
solubility of hydrogen.

The several variations of the Smeds model included
both competitive and noncompetitive adsorption of
hydrogen and toluene as well as dissociative and mo-
lecular adsorption of hydrogen. The competitive adsorp-
tion model also included the possibility that toluene
occupied multiple sites, X > 1, as suggested in the
literature.”!! This multiple-site case was compared with
the case in which toluene occupied just one site, X = 1.
Our results indicated that the assumption of toluene
adsorption on multiple active sites is justified (Tables
1 and 2) despite the large confidence limits of these
parameters. The estimated apparent activation energies
were about 48—50 kJ/mol, which are in agreement with
both the gas- and liquid-phase hydrogenations of aro-
matic compounds.*591012 However, even though a
decline in the catalyst activity could not be observed, it
is possible that some deactivation was concealed in the
data; i.e., the catalyst activity was in steady state but
included some deactivation, which differed with tem-
perature and pressure. A study of the deactivation will
be included in a future paper.

All models gave a good fit and, in practice, no
variation of the Smeds model could be concluded to be
superior on the basis of the RSS or the residual root

mean square (RRMS). The fit for one of the Smeds
model variations (dissociative adsorption of hydrogen,
y = 2, and competitive adsorption of hydrogen and
toluene assuming that toluene occupied one site, X =
1) is illustrated in Figure 9a—c. The fit of the hydro-
genation rate was excellent in isooctane (Figure 9a); the
rate was slightly overestimated at elevated temperature
in heptane (Figure 9b) and clearly overestimated at 200
°C in cyclohexane (Figure 9c). These overestimates could
have been due to an experimental error or, alternatively,
could have reflected a real decrease in rate due to the
reaction maximum, which occurred at lower tempera-
ture with cyclohexane because of the lower hydrogen
equilibrium concentration. The reaction orders observed
at higher temperatures, 1 for hydrogen and 0 for
toluene, are described by all of the competitive, non-
competitive, and Eley—Rideal-type models because the
adsorption term for hydrogen, (Kucy)Y?, is small and,
correspondingly, term 3K+cr is large in egs 15 and 16.
The rate equation is then reduced to r = kKpcp.
However, with the simplifications employed, the Smeds
model was not able to predict reaction orders at low
temperatures.

The residual (RSS) of the Temkin model (eq 24) was
about 25—35% less than the residual of the Smeds
model, and the deviation (RRMS) was also lower than
that for the Smeds model (Table 3). Together with the
narrow confidence intervals, this indicates a better fit.
The fit is illustrated in Figure 10a—c. Model deviation
was similar to though smaller than that obtained with
the Smeds model. However, the Temkin model was able
to predict the observed reaction order for both toluene
and hydrogen through the entire temperature range.
The term including the methylcyclohexane concentra-
tion could be ignored because K4 *ctp, is very low in all
conditions, i.e., Ky tcth, < cr and (ko/ks)crcn (very low
conversion of toluene). The rate eq 24 was then reduced
to

k,C

=i (28)
2

k3CH+ 1

At low temperatures, the term (ku/ks)cy is much greater
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Figure 9. (a) Fit of the Smed model (eq 14; y = 2, X = 1); toluene
hydrogenation rate in isooctane. (b) Fit of the Smed model (eq 14;
y = 2, X = 1); toluene hydrogenation rate in n-heptane. (c) Fit of
the Smed model (eq 14; y = 2, X = 1); toluene hydrogenation rate
in cyclohexane.

Table 3. Kinetic Parameters (95% Confidence Interval)
for Toluene Hydrogenation, the Temkin Model

simplified
Temkin model Temkin model
(eq 24) (eq 28)
ka2, mol/(kg h) 1.9+04 x 1073 2.34+0.7 x 1073
ks, mol/(kg h) 0.22 +£ 0.07 0.11 £ 0.02
Eaz2, kd/mol 326 +4.7 174 +£5.1
Eas, kd/mol 822+75 69.6 + 4.2
4 0.12 + 0.04
RSS 0.91 1.14
RRMS 0.050 0.055

than 1, leading to zero-order behavior (r = k3), as was
observed. At higher temperatures, the term (ko/ks)cy is
much less than 1, leading to the first-order reaction (r
= kocy). The fit of the rate equation (28) (the simplified
Temkin model) was slightly better than the fit of the
Smeds models but a bit poorer than the fit of the rate
equation (24) (the Temkin model; see Table 3).

4. Conclusions

Toluene hydrogenation in isooctane, n-heptane, and
cyclohexane was studied in a three-phase reactor. The
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Figure 10. (a) Fit of the Temkin model (eq 24); toluene hydro-
genation rate in isooctane. (b) Fit of the Temkin model (eq 24);
toluene hydrogenation rate in n-heptane. (c) Fit of the Temkin
model (eq 24); toluene hydrogenation rate in cyclohexane.

steady-state hydrogenation rate increased with both
temperature and pressure. The rates in isooctane and
heptane were similar, whereas the rate in cyclohexane
was lower, particularly at elevated temperatures. Near
zero-order reaction toward toluene with an increase in
temperature and at the same time increasing reaction
order toward hydrogen, from about zero to first order,
were in agreement with earlier results for the group VI11
metals. The GL and LS mass-transfer resistance did not
have a significant effect on the hydrogenation rate,
whereas the intraparticle mass transfer had a signifi-
cant effect on the rate and estimated parameters.

The kinetic model that was developed included com-
petitive adsorption of toluene and methylcyclohexane
and the formation of surface intermediates by the
adsorbed toluene and the liquid-phase hydrogen. Inter-
mediates were presumed to retain their aromatic na-
ture. In a third step the phenanthrene-type surface
complex was isomerized to methylcyclohexene, which
was then further hydrogenated to methylcyclohexane.
This model described the observed reaction orders and
gave an excellent fit with physically meaningful param-
eters.



The difference between hydrogenation rates in the
different solvents can be explained by differences in the
hydrogen solubility, which followed the same trend as
the hydrogenation rate. Furthermore, the estimated
adsorption equilibrium coefficients of the solvents in-
dicated that they did not adsorb on the catalyst. No
other solvent effects were detected. The results obtained
should be useful in the design of industrial hydrogena-
tion applications: the derived kinetic model can be
applied in reactor and process optimization.
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Notation

agL = gas—liquid mass-transfer area/reactor volume, 1/m
¢i = concentration of component i, mol/m?3

cﬂi = liquid bulk concentration of component i, mol/m?3
CE’i = liquid concentration of component i in the particle,
mol/m3

cr = toluene concentration, mol/m3

cy = hydrogen concentration, mol/m3

CSTR = continuous stirred tank reactor

D; = diffusion coefficient of component i, m?/s

Dis = effective diffusion coefficient of component i, m?/s

E, = apparent activation energy, kJ/mol

Fg,i = feed of component i (gas phase), mol/s

FLi = feed of component i (liquid phase), mol/s

AH = adsorption enthalpy, kJ/mol

J; = diffusion flux of component i, mol/(m?s)

k = reaction rate constant, mol/(kg h)

ke, = gas-side mass-transfer coefficient, m/s

k_i = liquid-side mass-transfer coefficient, m/s

Ki = vaporization equilibrium coefficient of component i

Kn = adsorption equilibrium constant for hydrogen, m3/
mol

Kt = adsorption equilibrium constant for toluene, m3/mol

LHSV = liquid hourly space velocity (per liquid volume in
reactor), 1/h

My = catalyst mass, kg

NgLi = mass-transfer flux of component i at the gas—liquid
interface, mol/(m? s)

r = reaction rate, mol/(kg h)

ri = generation rate, mol/(kg h)

rapp = apparent reaction rate, mol/(kg h)

R = gas constant, 8.314 J/(mol K)

Rp = catalyst particle radius, m

S = eq 11 adsorption entropy, J/(mol K)

S = active site (on the catalyst) occupied by toluene

T = temperature, K

Vg = reactor volume, m3

x = dimensionless position in the catalyst

X = number of active sites (on the catalyst) occupied by
toluene

Sub- and Superscripts
b = bulk

i = gas—liquid interface
p = catalyst particle

Greek Letters

€ = porosity of the catalyst

y = active sites occupied by the hydrogen molecule, 1 for
molecular adsorption and 2 for dissociative adsorption

Oy = free (fractional) vacant sites on the catalyst
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pp = particle density of the catalyst, kg/m?
7 = tortuosity of the catalyst
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