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1. Introduction

Multiphase reactors are very versatile and therefore widely used in pro-

cess industry. Especially, the phenomena over the vapor–liquid phase

boundary are crucial for the function of the process. The deviation from

the equilibrium between these phases is the driving force for mass trans-

fer. Therefore, there is an obvious need to model this. The presence of

several phases, however, makes the modeling task more demanding since

the complexity of the system increases.

Process models are vital in chemical industry due to the tightening en-

vironmental requirements and legislation that aim at greener chemistry.

This objective is not fully reached by emphasizing process development

of bio-based or renewable chemicals. In addition, the process models and

control need to be lifted on an environmentally higher level. This requires

investments on developing more accurate process models. Without pre-

cise reactor models, improvement on phase behavior modeling cannot be

realized. This part of phase behavior research was earlier studied in the

Licentiate’s Thesis [2, 3, 4].

To meet the increasing needs of process modeling, accurate thermody-

namic data are needed for proper estimation of the phenomena taking

place in chemical processes. The models for phase behavior are multiple

but the correct models base on precise measured data.

The selection of an appropriate thermodynamic model can be one of the

most important decisions for an engineer and tools for this purpose, such

as decision trees, have been developed [5]. In this thesis, the models repre-

sent a small number of the models currently used in the process industry.

1



Introduction

1.1 Thermodynamic Properties

The aim of this work is to provide accurate vapor–liquid equilibrium (VLE)

data and models for industrially relevant systems. In order to make the

VLE data based model extrapolative beyond the experimental tempera-

ture range, also excess enthalpy (HE) data are provided. HE brings the

temperature dependency to the activity coefficient model as described in

chapter 2.4 whereas excess volumes (VE) give the pressure dependency

to the activity coefficient model even though this data with the permitted

extension of the pressure range are seldom exploited.

1.2 Systems of Interest

In this work, mainly two criteria were stressed in selecting the chemicals

and systems to be studied: the chemicals were considered as examples of

typical groups of chemicals commonly used in chemical industry or as op-

tions to meet the increasing interest on bio-refinery related components.

The available VLE or HE data on these components and their binary mix-

tures were also scarce.

The typical groups of chemicals to study were alcohols with alkanes,

ethers, ketones, or esters. In addition, examples of binary systems of

ethers with nitriles were selected to extend the scope of the study to com-

prise also compounds other than oxygen containing hydrocarbons.

1.2.1 Alkane with Alcohols

As an alkane, isobutane is widely used chemical in chemical industry e.g.

as an propellant, refrigerant, or as a feedstock for petroleum industry.

In petroleum industry, isobutane is used as a component of gasoline oc-

tane blends, as a refining feedstock for alkylation, and in methyl tert-

butyl ether (MTBE) and tert-amyl methyl ether (TAME) manufacturing

processes. In these processes, the presence of alcohols generates a neces-

sity to understand the behavior of the binary systems of isobutane and

alcohols.

1.2.2 Ether with Alcohols

2-Ethoxy-2-methylbutane, also known as tert-amyl ethyl ether (TAEE), is

manufactured from isopentenes, also known as isoamylenes, and ethanol.

2



Introduction

Ethanol as well as butanols can be produced from biomass and thus the

use of bio-based components in gasoline is promoted [6]. Mixtures consist-

ing of TAEE and alcohols serve as a meaningful and industrially relevant

example for studying the manufacturing TAEE [7] and the thermophysi-

cal properties of binary mixtures of this ether and alcohols.

1.2.3 Ketone with Alcohols

Methyl isobutyl ketone (MIBK, IUPAC name 4-methyl-2-pentanone) is a

widely used solvent in process industry. Alcohols can be used together

with MIBK in the solvent phase to improve the results of the extraction

process. Therefore, the binary systems of MIBK and some alcohols were

selected as a topic to be studied.

1.2.4 Esters with Alcohol

Ethyl acetate (EtOAc) and butyl acetate (BuOAc) are currently considered

among promising candidates for bio-based fuel additives since renewable

fuels and bio-based fuel additives are gaining more and more attention

[8, 9, 10]. This type of chemicals are assumed to cut down the green house

gas emissions due to the bio-based origin of the component.

1.2.5 Ethers with Nitriles

ETBE (ethyl tert-butyl ether, IUPAC name 2-ethoxy-2-methylpropane)

and TAEE are used as fuel oxygenates. Currently, ETBE is along with

MTBE one of the most used fuel oxygenate. In the future trendes, the

shares of ETBE and TAEE are expected to increase whereas the share of

MTBE is expected to decrease [11].

In the manufacturing process of the ethers, the C4 and C5 cuts from

the catalytic fluid cracking unit contain nitriles that poison the etherifi-

cation catalyst. Acetonitrile (ACN) and propanenitrile (PPN) are typical

examples of these poisons. In addition, ethers easily form azeotropes with

nitriles which may cause problems in processes. Therefore, accurate ther-

modynamic data and models are needed. In addition to the required VLE

data measurements, also HE data are needed to generate temperature

dependent models for these systems.
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2. Thermodynamic Principles

In this chapter, the basic thermodynamic principles of vapor–liquid equi-

librium (VLE) and excess enthalpies (HE) are described. In order to ac-

curately describe phase equilibria involving liquid and vapor phases, es-

pecially at elevated pressures, deviations from the ideal vapor and ideal

liquid usually need to be taken into account.

2.1 Equations of State

The four state variables, pressure p, volume V , amount of moles of the

component n, and temperature T , specify the state of a pure gas. However,

it has been established experimentally that specifying only three of these

variables fixes also the value of the fourth variable. An interrelation of

these four variables is an equation of state (EOS) of which the general

form is

p = f(T, V, n) (2.1)

For ideal gases, the gas constant R is used to yield the following equation

pV = nRT (2.2)

Real gases, however, show deviations from the ideal gas law because

molecules interact with each other. To overcome the model discrepancy

with real gases, a compressibility factor z is used instead.

z =
pVm
RT

(2.3)

where Vm is the molar volume.
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2.1.1 Virial Equation of State

The virial EOS provides a power series form for the compressibility fac-

tor z that can be equally expressed as a function of volume, density or

pressure [12].

z =
pVm

RT
= 1 +

B(T )

Vm
+

C(T )

V 2
m

+ . . . (2.4)

where B and C are the second and third temperature dependent coeffi-

cients of the virial equation.

Often it is enough to use only the two first terms of the virial EOS. In a

mixture of N components, the Bij(T ) characterizes the binary interactions

between species i and j at composition y [12].

B =
N∑
i=1

N∑
j=1

yiyjBij(T ) (2.5)

2.2 Cubic Equation of State

Cubic equations of state interrelate p, Vm, and T. They are of third degree

in volume, as the name indicates. These equations provide another tool

for more accurate description of the real gas behavior.

Redlich and Kwong [13] made a substantial improvement for the previ-

ously used simple cubic equation of state that had no temperature depen-

dency in the adjustable parameters. They suggested the following form

for the equation [12].

p =
RT

Vm − b
− a√

TVm(Vm + b)
(2.6)

Vm = z
RT

p
(2.7)

a = 0.42748R2T 2.5
c /pc (2.8)

b = 0.08664RTc/pc (2.9)

where a and b are adjustable parameters based on the critical properties

of the fluid.

Soave [14] modified the temperature-dependent term a/
√
T of the

Redlich–Kwong equation to result in an alpha function α(T , ω) that was

primarily formulated to meet the vapor pressure data of hydrocarbons.

The modification involves the acentric factor ω that can be obtained from

6
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the vapor pressure data of the pure component. The Soave modification

of the Redlich–Kwong EOS is commonly used due to its good accuracy in

relation to the simplicity of the formula.

p =
RT

Vm − b
− aα

Vm(Vm + b)
(2.10)

a = 0.427747R2T 2
c /pc (2.11)

b = 0.08664RTc/pc (2.12)

α =
[
1 + (0.48508 + 1.55171ω − 0.15613ω2)(1− T 0.5

r )
]2 (2.13)

By assuming quadratic mixing rules the binary interactions between

the components of the mixture were assumed symmetric [12].

aα =
∑∑

yiyj(aα)ij (2.14)

b =
∑

yibi (2.15)

(aα)ij = (1− kij)
√
(aα)i(aα)j (2.16)

kij = 0 for hydrocarbon pairs and hydrogen

where kij is a cross-parameter of molecular interactions.

After Soave, there have been several other modifications to the origi-

nal form of the cubic equation of state. One general form covering these

equations is shown in equation 2.17 [12].

p =
RT

Vm
− α(T )− δ(T )/Vm

(Vm + β)(Vm + γ)
(2.17)

where α, δ, β, and γ are adjustable parameters. Usually, only α and δ

depend on temperature.

2.3 Vapor–Liquid Equilibrium

In phase equilibrium, the Gibbs free energies in the coexisting phases are

equal as shown in equation 2.18.

GL = GV (2.18)

where GL and GV are the liquid and vapor Gibbs free energies.

Fugacity, f , describes the deviation from the ideal gas law [15].

f = p exp

{
G−GIG

RT

}
= p exp

{
1

RT

∫ p

0

(
V − RT

p

)
dp

}
(2.19)

7
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where the superscript IG denotes ideal gas behavior, V is volume. From

the equation 2.19 it follows that in vapor–liquid equilibrium (VLE) the

Gibbs free energies are equal and the fugacities of the phases are equal.

fV
i = fL

i (2.20)

Fugacities can be expressed by using fugacity coefficients, φ = f /p. In

mixtures, the vapor phase composition and pressure are needed to deter-

mine the vapor phase fugacity as shown in equation 2.21.

fV
i = φV

i yip (2.21)

For liquid phase fugacities, either the liquid phase fugacity coefficients

φL
i or the liquid phase standard state fugacity coefficients φ◦i can be used

(see equations 2.22 and 2.23). The standard state (marked with ◦) de-

notes the saturated state of the pure liquid at the system temperature

and pressure.

fL
i = φL

i xip (2.22)

fL
i = γixip

◦
iφ
◦
i · POY (2.23)

where the POY is the Poynting correction (see equation 2.33).

Activity coefficients, γi, are used for liquid mixtures that are not de-

scribable by an equation of state. An activity coefficient is a function of

temperature, pressure, and composition as shown in equation 2.24

f
L
i = xiγif

◦,L
i (2.24)

where the overbar denotes partial molar property and the superscript ◦

denotes the standard state. The activity coefficients depend on the Gibbs

free energy as shown in the equation 2.25.

γi = exp

(
G

E
i

RT

)
(2.25)

2.4 Excess Properties

Excess properties, ME, describe how the mixing of real fluids deviate from

the mixing of ideally behaving fluids.
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ME = ΔMmix −ΔM IM
mix =

∑
i

xiM i −
∑
i

xiM
IM
i =

∑
i

xi

(
M i −M

IM
i

)
(2.26)

where the superscript IM denotes ideal mixture.

Excess enthalpy, HE, and excess volume, VE, are the temperature and

pressure derivatives of the Gibbs free energy, GE.

(
∂(G

E
T )

∂T

)
P

= −HE

T
(2.27)

(
∂(G

E
T )

∂P

)
T

=
V E

T
(2.28)

The equation 2.27 is also called the Gibbs-Hemholtz equation. Com-

bined with the equation 2.25, the HE and VE can be used in estimating

the temperature and pressure dependency of the activity coefficients.

Temperature dependency of the activity coefficients shows the relation

between excess partial molar enthalpy HE and activity coefficients [15]

γi(T2, p, x) = γi(T1, p, x)exp

[
−
∫ T2

T1

H
E
(T, p, x)

RT 2

]
(2.29)

If the temperature dependence of the excess enthalpy is negligible, the

equation 2.29 becomes

γi(T2, p, x) = γi(T1, p, x)exp

[
−
∫ T2

T1

H
E
(x)

R

(
1

T2
− 1

T1

)]
(2.30)

The pressure dependency of the activity coefficients can be expressed by

using excess partial molar volume V E [15]

γi(T, p2, x) = γi(T, p1, x)exp

[∫ p2

p1

V
E
(T, p, x)

RT
dp

]
(2.31)

If the pressure dependency of V E is negligible the equation 2.31 becomes

γi(T, p2, x) = γi(T, p1, x)exp

[
V

E
(T, x)(p2 − p1)

RT

]
(2.32)

The exponential term in equation 2.31 is often called the Poynting cor-

rection factor (POY). It expresses the liquid volume dependency on pres-

sure. At moderate pressues the value of the factor is very close to unity

[12].

(POY) = exp

[∫ p

p◦

V
E
(T, p, x)

RT
dp

]
(2.33)

where the superscript ◦ denotes saturated state of the vapor pressure.
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3. Modeling

In this chapter, the modeling principles of the measured thermodynamic

properties are presented. First, the used fugacity and activity coefficient

models are presented. Second, the data reduction procedure [16] is pre-

sented. Third, the used data regression program called VLEFIT [1] with

the used objective functions is briefly outlined. Finally, the principles of

the used data consistency tests are described.

3.1 Vapor Phase Fugacity Coefficient Models

The variety of available vapor phase fugacity coefficient models is wide

so criteria for the selection of the appropriate model are required. As a

general rule, the chosen model should not be too complicated, too simple,

or intended for totally different types of systems in respect of the experi-

mental data.

In this work, the vapor phase fugacities were calculated by using the

SRK equation of state 2.10 with quadratic mixing rules in the publication

I. In other publications II, III, IV, and V, the Hayden–O’Connell (HOC)

method with the chemical theory [17, 18] was used. In addition, in the

publication IV, the assumption of ideal vapor and ideal liquid was also

utilized in comparative evaluation of the VLE data consistency of the bi-

nary system of ethyl acetate and butyl acetate.

3.1.1 Hayden–O’Connell Method and the Chemical Theory

The Hayden–O’Connell (HOC) method [17, 18] is based on a theory of

molecular interactions. It is one method among the others to predict the

second virial coefficients for the virial equation of state (equation 2.4). The

power of the HOC method is in its good accuracy in relation to its simplic-

ity. The HOC method predicts the coefficients only by using the critical
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properties and molecular parameters, and, if appropriate, including asso-

ciation parameters. All these properties may usually be estimated from

molecular structure to the required accuracy.

The chemical theory is especially recommended in the modeling of com-

ponents, such as carboxylic acids, that form dimers in solutions. This type

of components can often be present in wood based feedstock that is to be

refined to produce e.g. renewable fuels or fine chemicals.

In binary mixtures, the theory postulates that there is a dimerization

equilibrium described in equation 3.1

i+ j � ij (3.1)

where i and j are the two monomer molecules that may or may not be

chemically identical. Chemical equilibrium can be written for the dimer ij

formation by using a chemical equilibrium constant. Monomer i belongs

to species i and monomer j to species j.

3.2 Liquid Phase Activity Coefficient Models

For mixtures for which equations of state models are inapplicable, at-

temps to estimate GE are made empirically or semitheoretically as shown

in previous chapter 2 in equation 2.25.

Both the Wilson [19] and the NRTL [20] models are based on the same

type assumption on molecular level [15]. That is to say, around each cho-

sen molecule there is a local composition. However, the factors affecting

the molecular-level behavior vary. These include among others the bulk

composition, the size of the molecules, and the energy of interaction of the

surrounding molecules in relation to the chosen molecule.

3.2.1 The Wilson Activity Coefficient Model

The Wilson model [19] has often shown superior performance in compari-

son to other activity coefficient models [12]. The Wilson activity coefficient

model has two adjustable parameters, lambdas. Originally, the big lamb-

das, Λ were used and they can be described by the temperature dependent

small lambdas, λ. For a binary mixture, Λ and λ are defined as shown in

equations 3.2–3.5.
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Λ12 =
V L
m,2

V L
m,1

exp

(
−λ12

RT

)
(3.2)

Λ21 =
V L
m,1

V L
m,2

exp

(
−λ21

RT

)
(3.3)

λ12 − λ11 = a0,12 + a1,12T + a2,12T
2 (3.4)

λ21 − λ22 = a0,21 + a1,21T + a2,21T
2 (3.5)

where a0,ij , a1,ij , and a2,ij are parameters giving the temperature depen-

dency to the adjustable parameters, λij .

3.2.2 The NRTL Activity Coefficient Model

The NRTL (nonrandom two-liquids) model [20] is also a two-parameter

model like the Wilson model [19]. The difference is in the stressing of the

mole fractions.

3.2.3 The UNIQUAC Activity Coefficient Model

The UNIQUAC (UNIversal QUAsiChemical) model [21] is based on statis-

tical thermodynamics. It approximates the interactions of the molecular

surfaces.

3.2.4 The UNIFAC (Dortmund) Activity Coefficient Model

The UNIFAC (UNIQUAC Functional-group Activity Coefficients) model

[22] is an extension of the UNIQUAC model. It is a semi-empirical predic-

tive method to estimate the ativity coefficients based on functional groups

of the molecules.

3.3 The Method of Total Pressure Data Reduction

The used method for the total pressure data reduction [16] describes a

procedure based on least squares how to obtain activity coefficients from

total pressure VLE data. The total pressure can be expressed as a func-

tion of partial pressures. For component vapor pressures, activity coef-

ficient expressions are needed. In publication I, highly flexible Legendre

polynomials [23] were used to model the total pressure VLE data together

with the data reduction procedure.

In this method, the measured p, T , n1, and n2 were reduced into phase

equilibrium data by equating the fugacities of the vapor and the liquid
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phases as shown in equation 3.6.

yi
xi

=
γiφ

◦
i p
◦
i

φip
exp

∫ p

p◦i

V L
m,i

RT
dp (3.6)

where xi and yi are the liquid and vapor compositions, γi is the liquid

phase activity coefficient, φi vapor phase fugacity coefficient, V L
m,i is the

liquid molar volume, R is the universal gas constant, and T is tempera-

ture. The superscript ◦ denotes saturated state of vapor pressure.

In the data reduction, in order to calculate xi and yi, the Legendre poly-

nomials [23] were used for the calculation of liquid phase activity coeffi-

cients, and the Soave–Redlich–Kwong (SRK) [14] equation of state with

quadratic mixing rules for the vapor phase fugacities. The binary interac-

tion parameters were set to zero. The liquid molar volumes in the Poynt-

ing correction were calculated by using the Rackett equation [24].

The procedure to optimize the Legendre parameters follows the one sug-

gested by Pokki [25] so as to avoid overfitting. The number of used pa-

rameters was increased one by one until no remarkable decrease in the

residual was observed. This was considered as the criterion for selecting

the appropriate number of the parameters.

3.4 The VLEFIT Program Package

VLEFIT is a program package through which the parameters of activity

coefficient models can be optimized based on thermodynamic data [1]. It

contains various options to compute values of the thermodynamic func-

tions needed in the calculation of e.g. VLE, liquid–liquid equilibrium

(LLE), and activity coefficients.

The program accepts various experimental data such as VLE, HE, and

LLE data. The input may consist of several data sets of the same type of

data at separate conditions as well as different types of data sets. The user

selects the appropriate methods how to calculate pure component proper-

ties and also the fugacity coefficient and activity coefficient model for the

components for the system. When the thermodynamic model functions

are selected the program optimizes the parameters of the model based on

the selected objective functions that are explained next in chapter 3.4.1.
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3.4.1 Objective Functions

The purpose of using objective functions is to reproduce the given exper-

imental data by minimizing the deviations between the model and the

experimental data. The objective functions are usually defined as the de-

viations between the measured quantities and the modeled quantities.

There are various ways to select the thermodynamic properties for this

purpose. In the case of VLE and HE data, the most commonly selected

ones are the deviations of pressure, Δp; activity coefficients, Δγ; vapor

mole fractions, Δy; or excess enthalpies, ΔHE.

In this work, the used objective functions were the squares of the rela-

tive deviations of the above mentioned thermodynamic properties, p, γ, y,

and HE. The equation 3.7 shows the typical objective function for pressure

F =
NP∑
i=1

(
(pcalc,i − pmeas,i)

pmeas,i

)2

(3.7)

where NP is the number of experimental points.

3.5 Data Consistency

The experimental data should be tested for thermodynamic consistency

that reveals the quality of the data. The Gibbs–Duhem equation relates

the chemical potentials, μ, of the components in a mixture:

−SdT + V dP =
∑

xidGi =
∑

xidμi (3.8)

where S is entropy.

At constant T and p

∑
xidμi = 0 (3.9)∑
xidγi = 0 (3.10)

The significance of the Gibbs–Duhem equation is that the chemical po-

tential of a component in a mixture cannot change independently of the

the chemical potentials of the other components [26].

For binary mixtures holds

x1
∂γ1
∂x1

+ x2
∂γ2
∂x1

= 0 (3.11)

From the equation 3.11 follows that
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1. The slopes dγi/dx1, are equal but of opposite signs at equal molar

fractions x1 = x2 = 0.5.

2. The slope of γ1 is zero at x1 = 1, and that of γ2 is zero at x1 = 0.

3. The area (integral) test can be developed from the equation 3.11. For

consistent thermodynamic data, the area should be close to zero. In

case the data is not truly isothermal or isobaric, small deviations from

zero are allowed even though pressure usually has little effect on liquid

phase behavior.

Three consistency tests were used in this work for the xyTP data: the

area test, the point test, and the infinite dilution test [27, 28, 29, 23]. The

area test suitable for the HS-GC xyT data was used [30]. Since the pure

component GC peak areas were very unstable, correlations based on the

binary mixture areas were used for pure component areas [31].

3.5.1 The Area Test

The principle of the area test is to fulfill the Gibbs–Duhem equation by

taking the integral over the composition range. For binary systems, an-

other form for the Gibbs–Duhem equation 3.11 is the following which is

widely used basis for consistency test of experimental data.

x1dlnγ1 + x2dlnγ2 = − HE

RT 2
dT +

V E

RT
dP (3.12)

At constant temperature and pressure the equation 3.12 becomes

x1dlnγ1 + x2dlnγ2 = 0 (3.13)

By taking a derivative of the equation 3.12

d

(
GE

RT

)
= d(x1dlnγ1 + x2dlnγ2)

= (x1dlnγ1 + x2dlnγ2) + lnγ1dx1 − lnγ2dx1 (3.14)

The group in the parantheses is zero by equation 3.13. The excess Gibbs

energy is zero at the both ends of the composition range. Therefore the

integral of the remaining part of the equation 3.14 results in

∫ 1

0
d

(
GE

RT

)
=

∫ 1

0
(lnγ1 − lnγ2)dx1
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=

∫ 1

0
ln
γ1
γ2

dx1 = 0 (3.15)

The equation 3.15 is used as the area test. The criterion for passing the

test is that for the area A holds: A < 0.03.

3.5.2 The Infinite Dilution Test

Under the conditions of infinite dilutions, the following relationships should

be satisfied:

( GE

RT

x1x2

)
x1=0

=

(
ln
γ1
γ2

)
x1=0

=

(
lnγ1

)
x1=0

= lnγ1
∞ (3.16)

( GE

RT

x1x2

)
x2=0

=

(
ln
γ2
γ1

)
x2=0

=

(
lnγ2

)
x2=0

= lnγ2
∞ (3.17)

That is the values of
GE

RT
x1x2

and infinite dilution activity coefficients γi
∞

should coincide [27]. The criterion for the test is presented in equation

3.18.

criterion at infinite dilution:

GE

RT
x1x2

lnγ1
γ2

< 30 (3.18)

3.5.3 The Point Test

The point test compares the deviations between the measured experimen-

tal points and the calculated points. Examination of the data point by

point avoids mutual cancellation of individual errors.

In this work, the vapor phase compositions were selected as the target

property for the test Δy = yexp - ycalc. The criterion for passing the point

test was that the average deviation should be less than 0.01. [23]
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4. Experimental Procedures

Thermodynamic data can be obtained by using various equipment and

experimental procedures. In this work, three different experimental set-

ups, static total pressure apparatus, circulation still, and headspace–gas

chromatograph, were utilized for VLE measurements. A SETARAM C80

calorimeter was applied to excess enthalpy measurements and a vibrating

tube density measuring cell was used in excess volume measurements.

The measured data, however, are of less value if the experimental un-

certainties are not reported. In this chapter, the used equipment and the

experimental procedures are first described and then the experimental

uncertainties are reported.

4.1 Static Total Pressure Apparatus

The static total pressure apparatus was applied to measuring the VLE of

the binary mixtures of isobutane and alcohols. The simplified scheme of

the equipment is shown in figure 4.1. The apparatus consisted of an equi-

librium cell with a magnetic stirrer. The volume of the cell was 112.68 cm3

and the cell was submerged into a thermostated water bath. Details of the

apparatus are explained in Uusi-Kyyny et al. [32] and in Hynynen et al.

[33].

In this type of system, the data obtained from the system comprises the

total pressure p, temperature T , and the amount of the two components

n1 and n2 inserted into the system. The vapor and liquid phase composi-

tions were not measured directly but they were obtained through the total

pressure data reduction [16] as explained in chapter 3.3. This makes it

crucial to ensure that the used liquid is properly degassed under vacuum

and contains no dissolved gasses since the amount of dissolved gasses in

the liquid significantly depends on the pressure.
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Figure 4.1. Static total pressure apparatus: (1),(2) Feeds; (3),(4) ISCO syringe pumps;
(5) Thermal bath for the feed pumps; (6) Equilibrium cell; (7) Water bath
for the equilibrium cell; (8) Mixer of the water bath; (9) Heat exchanger;
(10) Thermal bath to control the temperature of the water bath of the equi-
librium cell; (11) Outlet from the equilibrium cell to the vacuum line.

4.1.1 Experimental Procedure of the Static Total Pressure
Apparatus

The details of the experimental procedure of measuring VLE with the

static total pressure apparatus are given in [34] and only a brief overview

is given here. In the experiments, one of the components (isobutane) was

first fed into the cell by using an ISCO syringe pump. Next, the sec-

ond component was gradually fed to the system by using another ISCO

syringe pump. After each insertion, the pressure and the temperature

of the system were recorded as well as the volume of the freshly added

component. The experiments were planned such that at the end of the ex-

periments, when the cell was full, the composition in the cell was approx-

imately equimolar. Then, the cell was emptied and the whole procedure

was repeated from the other end of the composition range. It was consid-

ered as an indication of good data quality if the measured vapor pressures

at the equimolar composition coincided.

4.2 Circulation Still

The circulation still of Yerazunis type [35] was utilized in measuring VLE

of binary systems in publications II, III, IV, and V. A simplified scheme of

the used equipment is shown in figure 4.2. The liquid required for running

the apparatus was approximately 80 cm3. A stainless steel container was

added between the equilibrium cell and the vacuum pump to stabilize the

pressure. The use of this type of equipment was limited to subatmospheric

pressures. Details of the used equipment can be found in references [36,

37].
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4.2.1 Experimental Procedure of the Circulation Still

The procedure is described in detail in [37]. Pure component 1 was first

introduced into the circulation still, and its vapor pressure was measured.

Next, the second component was added and approximately after 30 min a

constant temperature was re-reached. Then, after (30 to 45) min the val-

ues were recorded by taking simultaneous samples from the liquid phase

and condensed vapor phase chambers. A part of the sample was analyzed

with a gas chromatoghaph (GC) and the remaining part of the sample was

used for refractive index measurement for comparison.
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Figure 4.2. Circulation still: (1) Heating source; (2) Immersion heater; (3) Insulated equi-
librium cell; (4) First liquid phase condenser; (5) Second liquid phase con-
denser; (6) Condensed liquid phase chamber with a magnetic stirrer; (7) Con-
denser for the circulating mixture from the equilibrium cell; (8) Mixing cham-
ber with a magnetic stirrer; (9) First vapor phase condenser; (10) Second va-
por phase condenser; (11) Condensed vapor phase chamber with a magnetic
stirrer; (12) A stainless steel container for stabilizing the pressure; (13) Ad-
justing valve for the pressure control.
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4.3 Headspace–Gas Chromatograph (HS-GC)

Headspace–gas chromatograph (HS-GC) technique was used for measur-

ing VLE of binary systems containing methyl isobutyl ketone (MIBK) and

some alcohols. The technique is suitable for systems containing even solid

contaminants as it takes samples only from the gas phase. HS-GC is most

commonly used for high-ppb to percent concentration ranges, such as de-

termining of volatile organic components in water, fragrance analysis, and

VLE or LLE studies with or without addition of salts [30].

HS-GC can be used only for temperatures higher than room temper-

ature and moderately higher pressures than atmospheric pressure due

to the used glass vials and the fact that the equipment is open to atmo-

spheric pressure and room temperature. A full data set is not obtained

since the equilibrium pressure is not measured due to the fact that the

gas phase sample is diluted with air. The equilibrium temperature T ,

liquid molar fractions xi, and vapor molar fractions yi are determined.
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Figure 4.3. HS sampling: a) Gravimetrically prepared HS sample vial with liquid phase
and gas phase volumes; b) Equilibrated HS sample vial and perforated sep-
tum cap to transfer the sample through the needle to GC.

4.3.1 Experimental Procedure of the HS-GC

Agilent Technologies 7697A headspace sampler was used together with

Agilent 6890N gas chromatograph (GC) for the vapor phase sample anal-

ysis. The samples of the binary systems were gravimetrically prepared in

20 cm3 HS vials. The liquid sample occupied approximately 25 % of the

total volume of the vial to ensure a sufficient volume for the gas phase.

The sample was taken from the equilibrated gas phase as illustrated in
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figure 4.3. The vials were let to equilibrate at the set temperature in the

HS oven for at least 30 min prior to sampling. The sampling system was

pressurized with helium at 160 kPa absolute pressure.

4.4 Comparison of the VLE Measurement Techniques

In this work, three apparatuses were used in the VLE measurements. In

the publication II, two apparatuses were used in parallel for the same bi-

nary systems. This was partly used to widen the scope of the experiments

and to ensure the high quality of the data.

The three VLE measurement techniques are here briefly compared. First,

the suitable operating conditions of the apparatuses are presented. Then,

the types of data obtained by using each apparatus are summarized. Fi-

nally, the ease of the use of each apparatus is evaluated.

4.4.1 Comparison of the Experimental Conditions

The specifications of the presented equipment are presented in table 4.1.

As seen in the table, the main benefit of the static total pressure appara-

tus was the widest pressure range combined with a relatively wide tem-

perature range. As for the circulation still, the highest temperatures could

be reached in comparison to the static apparatus and the HS-GC even

though the pressures were limited to subatmospheric pressures. The use

of the HS-GC was limited to atmospheric pressure.

Table 4.1. Specifications of the Experimental Equipment.

Data Tmin Tmax pmin pmax

K K kPa kPa

Static apparatus zTp 283 368 ∼0 2000

Circulation still xyTp 308 473 ∼10 ∼101

HS-GC xyT 303 368 ∼101 ∼101

The ambient temperature of the circulation still was the room temper-

ature that set the lower limit for the temperature range. In order to be

able to control the temperature, the equipment had to operate at higher

temperature than the ambient temperature. Similarly, the HS-GC was

also operated at room temperature so the temperature of the HS-GC oven

needed to be higher than 298 K in order to achieve controllability for the

temperature.
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The lower and upper limits of the temperature and pressure ranges

could sometimes be extended by suitable replacements of the parts. For

example, the static total pressure apparatus could stand temperatures

higher than 368 K in case the water in the thermal bath was replaced

by oil that could be heated up to 473 K. However, in order to operate

at higher temperature, also the pressure transducer should be replaced

with the one that tolerates temperatures higher than 398 K. The valves

and tubing of the static total pressure apparatus would bear pressures

up to 160 bar but over the whole pressure range, various pressure gauges

should be used for narrower pressure ranges. Equilibrium cell set the

upper limit for the pressure.

4.4.2 Comparison of Obtainable Data

Only the circulation still provided a full xyTp set of VLE data. This en-

abled wide processing of the data through e.g. consistency tests.

The static total pressure apparatus provided the total composition data

zTp which required data reduction to obtain component mole fractions.

Since the compositions were defined through the total pressure, the pres-

sure measurements needed to be performed with extreme care. This was

why the degassing of the liquid components was crucial.

The HS-GC provided xyT VLE data. The equilibrium pressure was not

defined since the samples were diluted with air and pressurized by the

carrier gas.

4.4.3 Comparison of the Ease of the Experiments

The main benefits of the static total pressure apparatus were the wide

ranges of temperature and pressure in addition to the simplicity of the

experiment. The main drawback was the lack of individual composition

data. In addition, the static total pressure apparatus was not suitable for

reactive systems.

The main advantage of the circulation still was that both the vapor and

the liquid phase samples could be analyzed. Even though a full set of

xyTp VLE data was obtained, the use of the circulation still was limited

by the difference in the boiling points and viscosities of the components

[36]. Too high differences in these properties make the boiling unstable

and reduces the accuracy of the method.

The HS-GC VLE experiment procedure was rapid, accurate, and easily
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automated. However, the potential of this technique was not fully de-

veloped yet [30]. The equilibration time, sample volume, and response

factors needed to be adjusted to ensure the reliability of the results [30].

4.5 SETARAM C80 Flow Calorimeter

Excess enthalpies ( HE) were measured with a SETARAM C80 flow calorime-

ter with a flow mixing cell [38]. The scheme of the system is shown in fig-

ure 4.4. The chemicals were fed into the calorimeter by using two syringe

pumps (ISCO 260D, ISCO 500D). The calorimeter was calibrated by us-

ing two well-known chemical reference systems: cyclohexane-hexane and

methanol-water [39]. This was considered as a recommended calibration

procedure for this type of equipment [39, 40].
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Figure 4.4. SETARAM C80 calorimeter and DMA 512P densimeter: (1) ISCO 500D sy-
ringe pump; (2) ISCO 260D syringe pump; (3) Lauda E200 thermal bath for
controlling the temperature of the ISCO pumps; (4) SETARAM C80 calorime-
ter; (5) Preheater; (6) Flow mixing cell; (7) DMA 512P densimeter; (8) Lauda
E200 thermal bath for controlling the temperature of the densimeter.

4.5.1 Experimental Procedure of the SETARAM C80 Flow
Calorimeter

The procedure is described in detail in publication II. The ISCO pumps

were let to equilibrate for 1 hour prior launching the experiments. The

total flow rate of the feeds was kept at 0.5 cm3·min−1 by varying the pure

component flow rates throughout the composition range. After a constant

signal was obtained, which took approximately 15 min depending on the

system, additional (10 to 15) min were waited to ensure stabilized values

to be recorded.
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4.6 DMA 512 P Density Measuring Cell (Anton Paar)

A vibrating-tube Antor Paar DMA 512 P densimeter was used for mea-

suring the densities from which the excess volumes were derived. The

densimeter was calibrated by using deionised and degassed water [41]

and dry air [42] reference systems.

4.6.1 Experimental Procedure of the DMA 512 P Density
Measuring Cell

The densimeter was connected to the outlet of the calorimeter unit so that

the densimeter signal was also used to check the state of the mixing in

calorimeter as can be seen in figure 4.4. In case of incomplete mixing the

densimeter signal fluctuated extensively whereas in the case of complete

mixing the signal was stable.

The densimeter was thermostated by using a Lauda E200 water immer-

sion thermostat that was set on one hour prior to the measurements. The

stabilization of the signal took approximately 10 min at the constant flow

rate of 0.5 cm3· min−3.

4.7 Uncertainties

A clear documentation of the uncertainties of the measured properties

is a substantial part of a high quality data set. This thesis contains a

significant amount of new experimental data. Only a brief summary of

uncertainty estimation is presented here since more detailed descriptions

of the uncertainties are provided in the publications.

4.7.1 Uncertainties in the Data of the Static Total Pressure
Apparatus

A summary of the uncertainty analysis of the variables in the static to-

tal pressure apparatus is presented in table 4.2. The uncertainties of the

measured p and T were estimated based on the known uncertainties of the

instruments. However, the total composition z was a derived property of

which the uncertainty needed to be estimated through calculation. A the-

oretical maximum uncertainty was derived by using the total differential

of the injected amount of moles resulting equation 4.1.
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Δn1 = n1

(
Δρ1
ρ1

+
1

ρ1

∣∣∣∣dρ1dT

∣∣∣∣ΔT + κ1Δp+
ΔV1

V1

)
(4.1)

where

κ1 = − 1

V1

(
dV1

dp

)
T

(4.2)

Then, the total differential of the total concentration zi was derived as

presented in [33, 43] to yield equation 4.3

Δz1 =
n1n2

(n1 + n2)2

[(
ρ1

n1M1
+

ρ2
n2M2

)
ΔV +

Δρ1
ρ1

+
Δρ2
ρ2

+∣∣∣∣ 1ρ1
(
dρ1
ΔT

)
− 1

ρ2

(
dρ2
ΔT

)∣∣∣∣ΔT + |κ1 − κ2|Δp

]
(4.3)

Table 4.2. Summary of the Uncertainty Analysis of the Variables in the Experiments of
the Static Total Pressure Apparatus.

Description Type Uncertainty Ref.

p Equilibrium pressure Measured Instrument I

T Equilibrium temperature Measured Instrument I

ni Injected amount of moles Calculated Eq. 4.1 I

zi Total equilibrium composi-

tion

Calculated Eq. 4.3 I

xi Equilibrium composition Calculated Eq. 4.4 I

γi Activity coefficient Calculated Eq. 4.4 I

Uncertainties for the vapor and liquid phase compositions and for the

activity coefficients were approximated by performing the data reduction

procedure in the VLEFIT [1] program using upper and lower boundary

values for p, T , and ni. Thus, 16 combinations of theoretical maximum

errors were obtained. An average absolute error (see equation 4.4) was

reported in the publication. Details of the procedure are found in publica-

tion I and in references [43, 33].

Δx = max
(
|x− x−|, |x− x+|

)
(4.4)

4.7.2 Uncertainties in the Data of the Circulation Still

A circulation still was used in publications II, III, IV, and V. The mea-

sured variables of the circulation still experiments were pressure p, tem-

perature T , and composition xi, yi. The pressure and temperature uncer-
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tainties were approximated based on the reported uncertainties of the in-

struments. The uncertainties of the liquid and vapor phase compositions

were analyzed by GC, of which the accuracy was defined by the equip-

ment. The repeatability of the sampling at the same composition was not

possible since the composition of the circulating fluid changed after each

sampling. Nevertheless, identical GC analyses were achieved from paral-

lel runs of one sample.

Table 4.3. Summary of the Uncertainty Analysis of the Variables in the Experiments in
the Publications II, III, IV, and V.

Description Type Uncertainty Ref.

pcirc Equilibrium pressure Measured Instrument II, IV,

V

Tcirc Equilibrium temperature in

circulation still

Measured Instrument II,

III,IV,

V

THS Equilibrium temperature in

HS-GC

Measured Instrument II

xi, yi Equilibrium composition Measured Analytics II, III,

IV, V

HE Excess enthalpy Calculated Eq. 4.6 II, III,

IV, V

VE Excess volume Calculated Eq. 4.12 II, III,

IV, V

4.7.3 Uncertainties in the Data of the HS-GC

In HS-GC measurements, the liquid and gas phase compositions xi and yi,

and the equilibrium temperature T were measured. The accuracy of the

composition was based on the accuracy of the used gas chromatograph and

the repeatability of the sample analysis. For the calibration, samples for

determining the response factors were prepared as suggested in literature

[44]. The accuracy of the temperature was based on the accuracy reported

in the manual.

4.7.4 Uncertainties in the Data of the Calorimeter

The uncertainty of the reading of the calorimeter signal was determined

by using two well-known chemical reference systems: cyclohexane-hexane
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and methanol-water [39]. First, the calorimeter sensitivity parameter, K,

was determined by using cyclohexane-hexane binary system as recom-

mended in (see equation 4.5) [38].

K =
Vmix − Vbaseline

HE
litṅ

(4.5)

where Vmix is the calorimeter signal for the mixture in μV , Vbaseline is

the calorimeter signal caused by the baseline, HE
lit is the excess enthalpy

reported in literature, and ṅ the total molar flow through the calorimeter

flow mixing cell.

Then, the accuracy of the calorimeter was checked by using the methanol-

water binary system. Furthermore, the effect of varying flow rate ratios

from the feed pumps was also considered and substracted from the signal

[40]. The uncertainty of HE was then calculated as the average absolute

deviation between the calculated HE values obtained by using separately

each of the two reference systems.

ΔHE =
N∑
i=1

HE
i,ref1 −HE

i,ref2

N
(4.6)

4.7.5 Uncertainties in the Data of the Densimeter

The excess volumes were derived from the density data. The total differ-

ential was used to estimate the uncertainty. In the following equations,

the estimated uncertainties of single variables affecting VE are presented.

x1 =

V̇1
V1,m

V̇1
V1,m

+ V̇2
V2,m

(4.7)

Δx1 =

ΔV̇1
V1,m

·
(

V̇1
V1,m

+ V̇2
V2,m

)
− V̇1

V1,m
·
(

ΔV̇1
V1,m

+ ΔV̇2
V2,m

)
(

V̇1
V1,m

+ V̇2
V2,m

)2 (4.8)

ΔV̇ = 0.5% · V̇ (4.9)

Δρ = 0.02% · ρ (4.10)

V E =
x1M1 + x2M2

ρ
− x1V1,m − x2V2,m (4.11)

ΔV E =
ρ(Δx1M1 +Δx2M2)− (x1M1 + x2M2)Δρ

ρ2

− x1V1,m − x2V2,m (4.12)

where V̇i is the volumetric flow of the component i; Vi,m is the molar

volume of the component i; ρ is the density; and Mi is the molar mass
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of component i. The percentage factors in the expressions for V̇ and ρ in

equations 4.9 and 4.10 originate from the calibration of the instruments.

The uncertainty of the volumetric flow ΔV̇ was checked by analyzing the

time averaged mass flow of well-known fluid by weighing the product on

a balance. The value, 0.5 % in the equation 4.9 was the maximum devi-

ation of the experimental value from the calculated volumetric flow. The

uncertainty of the density Δρ was obtained through calibration with well-

known reference components. The value of 0.02 % in the equation 4.10

was the deviation from the best straight line representing the experimen-

tal density.
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5. Results

In this chapter, the results of the attached publications are first sum-

marized in tables 5.1 and 5.2. Then, the main results of the measured

thermodynamic properties (VLE, γi, HE, VE) of each category of studied

binary systems are briefly highlighted.

Table 5.1. Summary of the Measured VLE Data.

Equip-

ment

System T / K p / kPa No.

Points

Ref.

Static Isobutane + MeOH 364.5 267.5–1686.4 27 I

Static Isobutane + 2-PrOH 364.5 144.2–1686.3 27 I

Static Isobutane + 2-BuOH 364.5 74.1–1686.3 27 I

Static Isobutane + TBA 364.5 142.6–1685.6 27 I

Circ. still MIBK + 2-BuOH 368 53.2–85.2 19 II

Circ. still MIBK + t-PnOH 368 53.4–78.3 25 II

Circ. still MIBK + 2-EH 388 8.8–98.7 20 II

Circ. still TAEE + 1-BuOH 358 27.4–61.0 23 III

Circ. still TAEE + 2-BuOH 358 57.3–61.3 30 III

Circ. still TAEE + t-PnOH 358 52.8–61.0 26 III

Circ. still EtOAc + 2-BuOH 350 41.0.–100.7 22 IV

Circ. still 2-BuOH + BuOAc 350 19.2–41.0 17 IV

Circ. still EtOAc + BuOAc 350 19.2–100.7 24 IV

Circ. still ETBE + ACN 333 49.8–64.3 23 V

Circ. still TAEE + ACN 343 34.4–71.2 26 V

Circ. still TAEE + PPN 363 70.1–80.7 32 V

HS-GC MIBK + 2-BuOH 368 11 II

HS-GC MIBK + t-PnOH 294.7 11 II

HS-GC MIBK + t-PnOH 333.2 14 II

HS-GC MIBK + t-PnOH 368.2 35 II
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Table 5.2. Summary of the Measured HE Data with SETARAM C80 Calorimeter and VE

Data with the DMA 512P Densimeter at 298 K and at 101.325 kPa.

Data

Type

System T / K p / kPa No.

Points

Ref.

HE + VE MIBK + 2-BuOH 298 101.32 10+10 II

HE + VE MIBK + t-PnOH 298 101.32 10+10 II

HE + VE MIBK + 2-EH 298 101.32 10+10 II

HE + VE TAEE + 1-BuOH 298 101.32 9+9 III

HE + VE TAEE + 2-BuOH 298 101.32 9+9 III

HE + VE TAEE + t-PnOH 298 101.32 9+9 III

HE + VE EtOAc + 2-BuOH 298 101.32 9+9 IV

HE + VE 2-BuOH + BuOAc 298 101.32 9+9 IV

HE + VE EtOAc + BuOAc 298 101.32 9+9 IV

HE + VE ETBE + ACN 298 101.32 9+9 V

HE + VE ETBE + PPN 298 101.32 9+9 V

HE + VE TAEE + ACN 298 101.32 9+9 V

HE + VE TAEE + PPN 298 101.32 9+9 V

5.1 Results of the Binary Systems of an Alkane + Alcohols

The thermodynamic properties of binary mixtures containing isobutane

and methanol (MeOH), 2-propanol (2-PrOH), 2-butanol (2-BuOH), and

tert-butanol (TBA) were studied in publication I. The vapor–liquid equi-

librium of the measured binary systems are shown in figure 5.1 and the

calculated activity coefficients in figure 5.2. As seen in the figure, the sys-

tem behaves more ideally the longer the chain length and the higher the

branching of the alcohol is.

The data showed good quality as the experimental points coincided when

approaching the equimolar composition from both ends. The consistency

tests were not performed, since the data consistency requirements were

satisfied in the data reduction. As seen in figure 5.1, azeotropic behavior

was observed at T = 364.5 K only for the binary system of isobutane (1) +

methanol (2) at x = 0.871 and p = 1822 kPa.

5.2 Results of the Binary Systems of a Ketone + Alcohols

The thermodynamic properties of the binary mixtures containing methyl

isobutyl ketone (MIBK) and 2-butanol (2-BuOH), tert-pentanol (t-PnOH),
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Figure 5.1. Pressure p and isobutane liquid mole fraction x1 diagram for isobutane (1) �,
+ methanol; �, + 2-propanol; �, + 2-butanol; × + TBA; —, comparison with
Legendre polynomial regressions. The azeotropic point of the binary system
of isobutane + methanol is shown enlarged.
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Figure 5.2. Activity coefficients: �, isobutane (1) + �, methanol (2); �, isobutane (1) + �,
2-propanol (2); �, isobutane (1) + �, 2-butanol (2); ×, isobutane (1) + ∗, TBA
(2); —, comparison with Legendre polynomial regressions. The azeotropic
point of the binary system of isobutane + methanol is shown enlarged.

and 2-ethyl-1-hexanol (2-EH) were studied in publication II. The isother-

mal VLE data for the binary systems of MIBK + 2-BuOH and MIBK +

t-PnOH were first measured at 368 K and for the binary system of MIBK

+ 2-EH at 388 K by using the circulation still. In addition for the binary

system of MIBK + t-PnOH, isothermal data was measured at three tem-

peratures: 294.7 K, 333.2 K, and 368.2 K by using HS-GC.

In the HS-GC data processing, the liquid phase sample concentrations
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Figure 5.3. Pressure composition diagrams. (a) MIBK (1) + 2-BuOH (2) at 368 K: �,
liquid mole fraction; �, vapor mole fraction; MIBK (1) + t-PnOH (2) at 368 K:
�, liquid mole fraction, �, vapor mole fraction. (b) MIBK (1) + 2-EH (2) at
368 K: �, liquid mole fraction, �, vapor mole fraction. —, liquid phase model,
· · ·, vapor phase model.
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Figure 5.4. Composition diagram for MIBK (1) + t-PnOH (2): � circulation still at 368 K,
� HS-GC at 368 K, � HS-GC at 333 K, + HS-GC at 294 K ; —, comparison
with the model in publication II.

were corrected for the difference due to vapor phase sampling [45]. The

ideal gas assumption was used for vapor phase and the UNIFAC (Dort-

mund) [22] activity coefficient model for the liquid phase.

All the VLE data obtained through measurements with the circulation

still and the HS-GC were included in the VLE model together with the

measured HE data. Two types of VLE equipment enabled the use of a

wider experimental data range in the model and also showed good fit to-

gether. Only the binary system of MIBK + t-PnOH showed an azeotropic

behavior at 294 K at the composition x = 0.7673 (see figure 5.4).

The excess enthalpies were highly positive and close to each other for all
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Figure 5.5. Excess properties. (a) Excess molar enthalpies HE at 298 K of binary systems
of MIBK (1) + an alcohol (2) { �, + 2-butanol; �, + tert-pentanol; �, + 2-ethyl-
1-hexanol }, —, comparison with the model. (b) Excess molar volumes VE

at 298 K of binary systems of MIBK (1) + an alcohol (2) { �, + 2-butanol;
�, + tert-pentanol; �, + 2-ethyl-1-hexanol }, —, Redlich–Kister model; · · ·,
literature [46]; - – -, literature [47].

three binary systems (see figure 5.5). The highest values were observed

for the binary system of MIBK + 2-BuOH, and the lowest for the binary

system of MIBK + t-PnOH.
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Figure 5.6. Activity coefficients for binary systems of MIBK (1) + an alcohol (2): (a) �,
MIBK + �, 2-BuOH at 368 K; �, MIBK + �, t-PnOH at 368 K; �, MIBK
+ �, 2-EH at 388 K; —, modeled MIBK activity coefficients, · · ·, modeled
alcohol activity coefficients. (b) A comparison of activity coefficients obtained
from literature [48] against modeled activity coefficients at 20 kPa and 101
kPa , � (MIBK), � (2-BuOH) measurements at 20 kPa; and � (MIBK), �
(2-BuOH) measurements at 101 kPa; —, modeled MIBK activity coefficients,
· · ·, modeled alcohol activity coefficients.

The thermodynamic model was extrapolated to isobaric measurements

and compared with literature data [48]. The measured and modeled activ-

ity coefficients are presented in figure 5.6. As seen in the figure, the excess

enthalpy gave good temperature dependency for the activity coefficients

in extrapolation outside the original temperature range.
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5.3 Results of the Binary Systems of an Ether + Alcohols

The measured and modeled thermodynamic data for the binary systems of

TAEE + an alcohol (1-BuOH, 2-BuOH, or t-PnOH) are presented in detail

in publication III. All three binary systems with TAEE showed azeotropic

behavior that is seen in figure 5.7 and in table 5.3. The table lists the

azeotropic compositions and pressures at 358 K for the binary systems.

The azeotropic points at the studied temperatures were located in the

middle part of the composition range for the binary systems of TAEE +

2-BuOH and TAEE + t-PnOH. For the binary system of TAEE + 1-BuOH

the azeotropic composition was located in the dilute range of the alcohol.
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Figure 5.7. Experimental (vapor + liquid) equilibrium for pressure p, liquid molefraction
x, and vapor mole fraction y at temperature T = 358 K. TAEE (1) + 1-BuOH
(2): �, liquid, �, vapor; TAEE (1) + 2-BuOH (2): �, liquid, �, vapor; TAEE (1)
+ t-PnOH (2): �, liquid, �, vapor; —, Wilson model; · · ·, UNIFAC (Dortmund)
model.

The figure 5.7 shows that the Wilson activity coefficient model agreed

better with the experiments in comparison to the UNIFAC (Dortmund)

model [22]. This was presumable since the UNIFAC model [21] is a pre-

dictive model whereas the Wilson model is a model with adjustable pa-

rameters.

Table 5.3. Azeotropic Composition for the Systems TAEE (1) + an Alcohol (2) {1-Butanol,
2-Butanol, or tert-Pentanol} at 358 K.

Alcohol x1 p / kPa

1-BuOH 0.883 62.2

2-BuOH 0.546 74.6

t-PnOH 0.626 68.9
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The figure 5.8 shows the excess properties. The excess enthalpies were

positive but slightly lower than those of the binary systems of alcohols

and the ketone. For the binary systems consisting of TAEE and a butanol,

the HE were almost the same whereas the increase by one in the carbon

number of the alcohol lowered the maximum value by one third. Unlike

the binary systems of the ketone and alcohols, the excess volumes were

negative throughout the composition ranges. Interestingly, even though

the values of HE were of the same magnitude for all three binary systems,

the VE of the binary system of TAEE and t-PnOH differed remarkably

from those of the binary systems consisting of TAEE and 1-BuOH or 2-

BuOH.
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Figure 5.8. Excess properties. (a) Excess molar enthalpies HE at 298 K of binary systems
of TAEE (1) + an alcohol (2) { �, + 1-BuOH; �, + 2-BuOH;�, + t-PnOH }, —,
comparison with the Wilson model. (b) Excess molar volumes VE at 298 K of
binary systems of TAEE (1) + an alcohol (2) { �, + 1-BuOH; �, + 2-BuOH; �,
+ t-PnOH }, —, Redlich–Kister model

The figure 5.9 represents the measured and modeled activity coefficients.

The activity coefficents moderately differ from unity: the upper limit for

the values is three. Only the best-suited Wilson model is used for compar-

ison with the experimental activity coefficients.

5.4 Results of the Binary Systems of Esters + Alcohol

The thermodynamic properties of the binary mixtures of two esters and

one alcohol were studied in publication IV. The VLE was measured at

350 K and the excess properties at 298 K and at 101.325 kPa.

The selected components were ethyl acetate (EtOAc), butyl acetate (BuOAc),

and 2-butanol (2-BuOH). The acetate-alcohol binary mixtures highly dif-

fered from an ideal mixture whereas the EtOAc-BuOAc mixture behaved

nearly ideally.
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Figure 5.9. Activity coefficients at 358 K. TAEE (1) + 1-BuOH: �, TAEE, �, 1-BuOH;
TAEE (1) + 2-BuOH (2): �, TAEE, �, 2-BuOH; TAEE (1) + t-PnOH (2): �,
TAEE, �, t-PnOH; —, Wilson model.
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(a) VLE of EtOAc + 2-BuOH
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Figure 5.10. Pressure composition diagrams at 350 K. (a) EtOAc (1) + 2-BuOH (2) :
blacktriangle, liquid mole fraction; �, vapor mole fraction; EtOAc (1) +
BuOAc (2) : •, liquid mole fraction, ◦, vapor mole fraction. (b) 2-BuOH
(1) + BuOAc (2): �, liquid mole fraction, �, vapor mole fraction. —, liquid
phase model, · · ·, vapor phase model.

The figure 5.10 illustrates the VLE of the measured systems. No azeotropes

were observed at 350 K even though the compositions of vapor and liquid

phase were very close to each other at high concentrations of the more

volatile component.

The figure 5.11 shows the measured excess properties HE and VE in this

work. No HE data were available in open literature but the comparison

with the available VE data is presented in the figure.

Our results for the binary systems of an acetate + the alcohol are in

line with the literature data [49, 50, 51]. For the nearly ideally behaving

acetate–acetate binary mixture no VE data were available in the open
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Figure 5.11. Excess properties. (a) Excess molar enthalpies HE at 298 K of binary sys-
tems of �, EtOAc (1) + 2-BuOH (2); �, 2-BuOH (1) and BuOAc (2); •, EtOAc
(1) + BuOAc (2); —, Wilson model. (b) Excess molar volumes VE at 298 K of
binary systems of �, EtOAc (1) + 2-BuOH (2); �, 2-BuOH (1) + BuOAc (2);
•, EtOAc (1) + BuOAc (2); —, Wilson model; –, EtOAc (1) + 2-BuOH (2) from
literature [49]; �, EtOAc (1) + 2-BuOH (2) from literature [50]; ×, 2-BuOH
(1) + BuOAc (2) from literature [51].

literature. A clear difference is seen between the highly nonideal acetate–

alcohol binary mixtures and the practically ideal acetate-acetate binary

mixture.
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Figure 5.12. Activity coefficients: (a) �, EtOAc + �, 2-BuOH at 350 K. (b) �, 2-BuOH, �,
BuOAc at 350 K. (c) •, EtOAc, ◦, BuOAc at 350 K. —, modeled activity coef-
ficients of component (1), · · ·, modeled activity coefficients of the component
(2).
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The figures of the activity coefficients 5.12a - 5.12b confirm the same di-

vision between closely ideally and nonideally behaving mixtures: the ac-

tivity coefficients show higher deviation from unity for the acetate–alcohol

mixtures whereas for the acetate–acetate mixture the activity coefficients

are practically one.

5.5 Results of the Binary Systems of Ethers + Nitriles

The thermodynamic properties of the binary systems of two ethers, ETBE

and TAEE, and two nitriles, acetonitrile (ACN) and propanenitrile (PPN),

were studied in publication V.
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(a) VLE of ETBE + ACN at 333 K
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Figure 5.13. Pressure composition diagrams. (a) ETBE (1) + ACN (2) at 333 K: �, liquid
mole fraction; �, vapor mole fraction. (b) TAEE (1) + ACN (2) at 343 K: �,
liquid mole fraction, �, vapor mole fraction; TAEE (1) + PPN (2) at 363 K:
•, liquid mole fraction, ◦, vapor mole fraction. —, liquid phase model, · · ·,
vapor phase model.

The isothermal VLE data was measured at 333 K for the binary system

of ETBE + ACN, at 343 K for the binary system of TAEE + ACN, and

at 363 K for the binary system of TAEE + PPN. The experimental VLE

data with the model predictions of the studied binary systems of ethers

and nitriles are shown in figures 5.13a and 5.13b. The VLE of the binary

system of ETBE and PPN was not measured since this data were already

available in literature [52].

As seen in the figures and in table 5.4, all studied mixtures exhibit

maximum-pressure azeotropes that were located at the mid-range com-

position. A comparison between the experiments and the model reveals

that the model successfully predicted the azeotropic compositions.

The excess enthalpies of the measured binary systems were clearly pos-

itive as shown in figure 5.14a. The mixtures containing ACN gave higher
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Table 5.4. Experimental and Modeled Azeotropic Molar Fractions x for the Binary Sys-
tems of ETBE, ACN, and PPN at Temperature T.

Experiments Model

T / K x1 x1

ETBE (1) - ACN (2) 333 0.5927 0.5908

TAEE (1) - ACN (2) 343 0.2559 0.2674

TAEE (1) - PPN (2) 363 0.4402 0.4459
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Figure 5.14. Excess properties at 298 K. ETBE (1) + ACN (2): �; TAEE (1) + ACN (2):
�; ETBE (1) + PPN (2): �; TAEE (1) + PPN (2): �. —, model for the binary
systems containing ACN, · · ·, model for the binary systems containing PPN.

values in comparison to the mixtures containing PPN.

In the case of VE, the choice of the ether had more effect on the magni-

tude of the excess property than the choice of the nitrile (see figure 5.14b).

For both excess properties, the mixtures containing PPN had lower abso-

lute values than the mixtures containing ACN.

The activity coefficients of the binary systems of nitriles and ethers are

shown in figures 5.15a – 5.15c. The model indicated the highest infinite

dilution activity coefficients for the binary mixture of TAEE and ACN.

The activity coefficients of the binary mixture of TAEE and ACN were

only slightly lower. Contrary to ACN containing mixtures, the values of

the activity coefficients for the binary mixture of ETBE and PPN were

approximately half of the corresponding values of the binary mixture of

ETBE + ACN.
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Figure 5.15. Activity coefficients: (a) �, ETBE; �, ACN. (b) �, TAEE, �, ACN. (c) •,
TAEE, ◦, PPN. —, modeled activity coefficients of the ether, · · ·, modeled
activity coefficients of the nitrile.
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6. Conclusions

The aim of this thesis was to study the following thermodynamic prop-

erties, vapor–liquid equilibrium (VLE), excess enthalpy (HE), and excess

volume (VE) both experimentally and by modeling. The pure components

and their binary mixtures were selected to benefit process industry and

the emphasis of the modeling was in phase behavior. The goals were

achieved by providing new data and new parameters for thermodynamic

models for five different categories of binary mixtures: alkanes, ethers,

ketones, or esters with alcohols; and ethers with nitriles.

The focus was on two groups of components, of which the first one con-

sisted of components that can be present in bio-based feedstocks. These

components were alcohols, ethyl acetate, and butyl acetate. In the second

group, the components that were considered as substitutes for oil-based

components were studied. These comprised ETBE, TAEE, EtOAc, and

BuOAc. In addition, the components inherent in the component manufac-

turing processes were included in this study. The thermodynamic data on

mixtures of the components of these components were scarcely studied so

this work provided alleviation for the problem by filling the data gaps.

Five different experimental set-ups were used for acquiring new data.

For VLE data, a static total pressure apparatus, a circulation still, and a

headspace–gas chromatograph were utilized. For HE data, a SETARAM

C80 calorimeter with a flow mixing cell was succesfully implemented and

applied to the experiments on selected binary systems. For VE data, a

vibrating tube density measuring cell was used. In the measurements of

the HE, the power of the simultaneous use of the densimeter was found to

support the objective to produce high quality HE data.

The studied systems were modeled with the Wilson activity coefficient

model that in comparison with NRTL, UNIFAC, and UNIQUAC models

showed better accuracy in the case of the binary systems of TAEE and
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alcohols. Two models for fugacity coefficients were used: Soave–Redlich–

Kwong equation of state and Hayden-O’Connell method with the chemi-

cal theory. The selected methods succeeded in modeling the nonideality of

the vapor phase. For nearly ideally behaving mixture, the ideal liquid as-

sumption together with the ideal vapor assumption sufficiently predicted

the VLE. The excess properties, however, can not be traced by using ideal-

ity assumption. The excess properties enabled the model for extrapolation

beyond the experimental temperature and pressure range which was also

confirmed by a case study.
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